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ABSTRACT

Hydrogen production by steam reforming of higher hydrocarbon over nickel-

supported catalyst is investigated in an earlier suggested novel Circulating
Fast Fluidized Bed Membrane Reformer (CFFBMR). Palladium hydrogen
membranes are used with co-current and counter-current operation modes. It
Is found that hydrogen production has a non-monotonic dependence upon the
reaction temperature in the range of 623-823K. Between 623 and 723K, the
yields of hydrogen decrease and then increase between 723 and 823K. This
important phenomenon is investigated, discussed and explained. The
simulation results shows that the reformer performance can be significantly
improved using hydrogen membranes, especially in the counter-current
operation mode. At low temperatures around 623K, both co-current and
counter-current operation modes provide similar yields of hydrogen. While at
temperature 723K and higher, the counter-current operation provides the
highest yield of hydrogen.

Keywords: circulating fluidized bed, co-current, counter-current, hydrogen,

membrane reformer, non-monotonic, steam reforming

INTRODUCTION

Steam reforming of hydrocarbons is the most important process for the
production of hydrogen or synthesis gas [1-8]. Natural gas, mainly methane

has been widely studied in different reactor configurations [5,9-17]. However,
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the feedstock of steam reforming for hydrogen production varies from place
to place because of the availability of hydrocarbons [2,18]. Recent years have
shown progress in steam reforming technology resulting in cheaper plants and
higher feedstock flexibility because of the better materials for reactors, better
control of coking and better reforming catalysts [19,20]. Steam reforming of
higher hydrocarbons is of great importance not only for hydrogen production
as a fuel, but also in the chemical and petrochemical industries [1,4,18,21-23].
Industrial steam reformers are typically fixed beds made up of a large number

of catalyst tubes, surrounded by a huge top or side fired furnace [24].
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In this paper steam reforming of higher hydrocarbon heptane is investigated
in a novel proposed Circulating Fast Fluidized Bed Membrane Reformer
(CFFBMR), which is shown in Fig.1. There are a number of palladium
hydrogen membrane tubes where hydrogen permeates selectively from the
reformer and then is carried away by sweep gas such as steam in the
membrane tubes. The nickel reforming catalyst is fast fluidized and carried
out of the reformer with the gas stream, regenerated along the exit line and
separated in a gas-solid separator. The regenerated catalyst is recycled to the
reformer. The continuous catalyst regeneration in the whole process makes

the effect of carbon deposition on the catalyst activity negligible. An
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interesting phenomenon that the hydrogen yield is non-monotonic with

respect to the reaction temperature shown in Fig.2 is investigated.

REACTION KINETICS AND REFORMER MODELING

The following reaction scheme and kinetics are used to study steam reforming
of heptane in the CFFBMR [1,3]:
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A plug flow reactor model is used for reformer modeling. The model
equations are summarized in Table 1. Co-current and counter-current

operation modes with palladium hydrogen membranes are investigated.

Table 1. Model equations for isothermal CFFBMR

Reaction side
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Component | where a=0 for all components except for component
hydrogen a=1
Boundary condition at1=0, F=F,
Hydrogen permeation side
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where b=1 for co-current operation and b=-1 for
counter-current operation
aty-o, F,,=F, , =0 forco-current operation

at1=L, F,,=F, ., =0 forcounter-current operation

Hydrogen in membrane tubes
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RESULTS AND DISCUSSION

The main reformer construction parameters and simulation conditions are

summarized in Table 2.

Table 2. Reformer construction parameters and reaction conditions for CFFBMR

CFBMR reformer construction parameters

Length of the reformer and membrane tubes 2 m [24]
Diameter of the reformer tube 0.0978 m [24]
Diameter of palladium hydrogen membranes tubes 0.00489 m [24]
Thickness of palladium hydrogen membranes 20 pym[25]
Nickel steam reforming catalyst
Catalyst particle density 2835 kg/m*[24]
Mean catalyst particle size 186 pm[13]
Solid fraction in circulating fast fluidization bed 0.2 [26]
Process gas feed rates and reaction conditions [1]
Feed rate of heptane 0.178 mol/s
Feed rate of steam 2.5 mol/s
Steam to carbon ratio 2 mol/mol
Reaction temperature 623-823K
Reaction pressure 1013 kPa
Feed rate of sweep gas in hydrogen membrane tubes 0.278 mol/s
Operating pressure in palladium hydrogen membrane tubes 101.3 kPa

WITHOUT HYDROGEN SELECTIVE MEMBRANES

First the isothermal CFFBMR is studied at 623, 723 and 823K for the cases
without any palladium hydrogen membranes. The lowest curve in Fig.2 shows
that the yield of hydrogen for this case is non-monotonic with respect to the
reaction temperature. At 623K the yield of hydrogen is 6.37 moles of
hydrogen per mole of heptane fed. While at 723K it is 1.50 and 3.68 at 823K.
Fig.3 shows that at low temperature 623K, the conversion of heptane
increases along the reactor length but heptane is not fully converted before

exiting the CFFBMR. While at higher temperatures 723 and 823K, heptane is
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fully converted and the reactor length for heptane full conversion is about
0.3m at 823K and 0.8m at 723K. Further investigation shows that
thermodynamic equilibrium state is established after the full conversion of
heptane in the reformer due to the fast reversible methanation, water gas shift
and steam reforming of methane, resulting in a constant flow rate of methane
along the rest reactor length in Fig.4, similar to the other components in the

reformer.
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Table 3(a) shows the exit dry product gas composition (excluding steam) in
the CFFBMR. At 623K heptane is not fully converted. The main products are
hydrogen (64.42mol%), carbon monoxide (23.06mol%) and carbon dioxide
(4.85mol%). The product distribution shows that heptane steam reforming
(reaction 1) is the dominant reaction in the system at 623K and the second
important reaction is water gas shift (reaction 3). While the methanation
reaction (2) is not important at this low temperature. Since hydrogen is
continuously produced by steam reforming of heptane, thermodynamic
equilibrium can not establish among the reversible methanation, steam
reforming of methane and water gas shift reactions. However, at 723K

heptane is fully converted (Fig.3) and then the thermodynamic equilibrium
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state is established, resulting in a constant flow rate of methane (Fig.4). The
main products at 723K are methane (59.14mol%), carbon dioxide
(21.33mol%) and hydrogen (19.09mol%). Thus at 723K the methanation
(reaction 2) is dominant, which leads to a very high composition of methane.
Because 3 moles of hydrogen is consumed to produce 1 mole of methane by
the methanation reaction (2), the higher the gas composition of methane, the
lower the gas composition of hydrogen and the lower the yield of hydrogen.
At 723K the gas composition of carbon dioxide is as high as 21.33mol%,
which shows that the water gas shift (reaction 3) is favored for hydrogen
production. However, the improvement of hydrogen production by water gas
shift is relatively small to address the significant consumption of hydrogen by
methanation. As a result the overall yield of hydrogen at 723K is very low
(Fig.2). At 823K the methantion reaction still dominates the reforming system
with 41.67mol% of methane. The water gas shift reaction is also favored for
hydrogen production with 20.62mol% of carbon dioxide. Compared to the
case at 723K, the gas composition of methane is about 18mol% lower, and
therefore steam reforming of methane becomes more and more important at
823K, which favors hydrogen production. Because the methantion reaction is
still significant at 823K, the yield of hydrogen is lower than that at 623K. The
non-monotonic behavior of hydrogen yield with respect to the reaction
temperature is due to the importance of these competitive reactions that

consume and/or produce hydrogen.

Table 3. Dry product gas composition (mol%)

a): Without hydrogen b): Co-current c): Counter-current
membranes operation operation
623K | 723K | 823K | 623K | 723K | 823K | 623K | 723K | 823 K
C/His | 5.59 0.0 0.0 0.85 0 0 0.89 0 0

CH4 2.08 59.14 41.67 | 0.61 | 31.13 | 5.98 0.65 0.81 0.57

CO 23.06 0.44 229 |26.08| 042 | 1.89 | 29.26 0.04 1.34

CO, 4.85 21.33 20.62 | 3.93 | 2246 | 2234 | 2.12 37.86 | 23.55

H> 64.42 19.09 3542 | 68.52 | 45.99 | 69.79 | 67.08 | 61.30 | 7454




The reported hydrogen yield from steam reforming of heptane in a fixed bed
reformer is about 2.0 at 723K and 1489kPa [27]. While the simulated
hydrogen yield in the CFFBMR is about 2.4, which is the equilibrium
hydrogen yield. Both the experimental and simulation results show that the
steam reforming system suffers from the thermodynamic equilibrium
limitation for hydrogen production due to the reversible reactions, especially

the methanation reaction for steam reforming of higher hydrocarbons.

WITH PALLADIUM HYDROGEN SELECTIVE MEMBRANES

CO-CURRENT OPERATION

As mentioned above, the hydrogen production from steam reforming of
heptane suffers from the thermodynamic equilibrium limitation. It can be
“broken” using hydrogen selective membranes. The removal of hydrogen will
decrease the partial pressure of hydrogen, shifting the reactions to the
direction for hydrogen production. Table 3(b) shows the exit dry product gas
composition for the case with hydrogen membranes under co-current
operations. The trend of the product composition is similar to the case without
hydrogen membranes except for the fact that much lower composition of
methane and much higher composition of hydrogen are achieved at 723 and
823K. As discussed earlier, at 623K steam reforming of heptane is dominant
in the system and no thermodynamic equilibrium is developed because
heptane is not fully converted. The methanation reaction is also not so
significant as that at higher temperatures. The composition of methane at
623K is 0.61mol%. However, the compositions of methane at 723 and 823K
are 31.13mol% and 5.98mol%, respectively, which are much lower than the
case without hydrogen selective membranes in Table 3(a). Thus the
composition of methane in the products is reduced by 47.36% for 723K and

85.65% for 823K due to the use of hydrogen selective membranes. Obviously,
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the removal of hydrogen suppresses the formation of methane or enhances the
steam reforming of methane. As a result, the composition of methane
decreases. However, Table 3(b) also shows that at 723K the methanation
reaction is still significant. Using hydrogen selective membranes, the removal
of hydrogen decreases the concentration of hydrogen and also shifts the
reversible water gas shift to the direction of hydrogen production, making the
composition of carbon dioxide higher. Therefore the hydrogen yield is higher
than the case without hydrogen membranes. For example, under co-current
operation the hydrogen yield is 12.95 at 623K, 5.81 at 723K and 16.02 at
823K, respectively. Compared with the cases without hydrogen selective
membranes, it is increased by 103.3%, 287.3% and 335.3%, respectively.
Undoubtedly the CFFBMR performance is improved significantly using

hydrogen selective membranes.

Although the hydrogen vyield is significantly improved under co-current
operation, it is still non-monotonic in relation to the reaction temperature as
shown in Fig.2. The hydrogen yield at 723K is much lower than that at 623
and 823K. Further investigation shows that at 723K the dominant
methanation reaction takes place continuously. As a result the flow rate of
methane keeps increasing along the reformer length, which consumes a lot of
hydrogen. On the other hand, heptane is fully converted at the reactor length
about 0.5m in the reformer. Then after the reactor length of 0.5m the main
contribution of hydrogen production by heptane stops, making the net
hydrogen production rate negative along the rest of the reformer length. Since
3 moles of hydrogen are consumed for 1 mole of methane formation, the
consumption of hydrogen is so fast that the partial pressure of hydrogen in the
reaction side decreases steeply as shown in Fig.5. This steep drop makes the
partial pressure of hydrogen in the reaction side lower than that in the
membrane side. And therefore back permeation of hydrogen occurs and leads

to a much lower yield of hydrogen at 723K. At 823K, although heptane is also
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fully converted (at the reactor length 0.25 m), the partial pressure of hydrogen
in the reaction side is not lower than that in the hydrogen membrane side
because steam reforming of methane is becoming more and more important at
823K. As a result the production of methane is suppressed and more hydrogen
is produced (see Table 3(b)). The hydrogen produced from the steam
reforming of methane (or the suppression of methanation) in the reaction side
addresses the steep drop of the partial pressure of hydrogen, making the
system better for the continuous removal of hydrogen (Fig.6). Thus at 823K
there is no back permeation of hydrogen found in the simulation. For the
problem of back permeation at 723K, one may get rid of it by increasing the
sweep gas flow rate in hydrogen membranes or using counter-current
operations. In this work the velocity of the sweep gas in the hydrogen
membranes is already high and we keep it constant to meet the limitation for
industrial practice and application.
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COUNTER-CURRENT OPERATION

In Table 1 the counter-current operation can be described as a two-point

boundary value problem since the hydrogen exit flow is at the entrance of the



reformer. In this paper this problem is solved as a one-dimension searching
problem. One general optimization technique, Flexible Tolerance
Optimization Method (FTOM) is used to solve this problem [28]: Giving an
initial guess of hydrogen flow rate at the exit of hydrogen membrane tubes
(where is also the inlet of the reformer), then using the CFFBMR model to
simulate the counter-current operations. At the exit of the reformer (or the
entrance of the hydrogen membrane tubes), the simulated hydrogen flow rate
in hydrogen membranes is compared to the initial entrance flow rate of
hydrogen in the membranes, which is zero in this paper. If the simulated
hydrogen flow rate is not zero, then use the FTOM to optimize the searching
direction and step size to find the solution. If the initial or the new searching
guesses for hydrogen exit flow rate in the membrane side is too small, then
the solution obtained from the optimization could be the “false” or non-
physical meaning solution. This kind of solution is usually called “trick™ or
“false” solution. In order to avoid this kind of “trick” solutions, Fig.7 is used
to help to find the final right solution, which is plotted based on a series of
searching data. For every initial guess of hydrogen exit flow rate, another
flow rate of hydrogen at the entrance of the membrane can be obtained. Then
the interception on the x-axis is the right solution, otherwise the simulated

“solutions” on the left side of this interception are “trick” or “false” solutions.
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With the right solution for the two-point boundary value problem under
counter-current operation, the yields of hydrogen are obtained as shown in
Fig.2. Table 3(c) shows the exit dry product gas composition. The main
differences between counter-current and co-current operations are: (1) the
composition of methane under counter-current operation at 723K is
0.81mol%, while it is 31.13mol% under co-current operation; (2) the
composition of carbon dioxide under counter-current operation at 723K is
37.86mol%; while it is 22.46mol% under co-current operations. The
compositions of other components are almost the same for both operation
modes. Thus the yield of hydrogen at 723K is much higher than the case
without hydrogen membranes and also higher than the case with hydrogen
membranes under co-current operation mode. The reason for this
improvement can be explained by the difference in the driving force for the
hydrogen permeation. As shown in Figs.5 and 6, there is very small or even
negative differential partial pressure of hydrogen under co-current operation
after heptane full conversion, the performance of hydrogen membranes
becomes inefficient or worse (for example, back permeation at 723K).
However, under counter-current operation the differential partial pressures of

hydrogen between the reaction side and the hydrogen membrane sides are
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larger, as shown in Figs.8 and 9 for 723 and 823K. Therefore under counter-
current operation more hydrogen is removed and higher hydrogen yields are
obtained for both temperatures at 723 and 823K.
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